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A mathematical model was formulated to describe the reaction rate and the particle
size distribution of solids in a fluidized bed for the chlorination of rutile by a CO/Cl,
mixture. The bubble assemblage model was applied to describe the gas behauvior in the
bed. The particle-size distribution in the bed was determined by a population balance.
Predictions of the model gave satisfactory agreement with experimental results. The ef-
fects of important variables such as superficial gas velocity, exchange rate between the
phases, and the reaction-rate constant were evaluated.

Introduction

Fluidized-bed processes have been used extensively in
solid-catalyzed gas-phase reactions and gas—solid reactions.
The chlorination of rutile to produce titanium tetrachloride,
an intermediate in the production of titanium metal and tita-
nia pigment, is carried out in a fluidized bed. The main ad-
vantage of fluidized-bed processes are rapid mass and heat
transfer, the ease of reactant material handling and control
of operational conditions, uniform temperature, and good
mixing throughout the bed.

Despite the widespread application of the fluidized bed
in the production of titanium tetrachloride, its design and
scale-up are still difficult. The main reason is the insufficient
understanding of gas and solid movements in the bed. A
fluidized bed can be operated in a particulate, bubbling, or
turbulent fluidization mode. Different operating conditions
result in different hydrodynamic behaviors of gases and solids
in the bed. Therefore, a single set of principles cannot be
applied to all modes of operation.

There have been many investigations to elucidate the phe-
nomena involved in a bubbling-gas fluidized bed, and many
models have been proposed to describe the gas and solid be-
haviors. The most widely accepted model is the two-phase
model {Kato and Wen, 1969; Van Swaaij and Zuiderweg,
1972; Werther, 1978), in which a fluidized bed is pictured as
consisting of a bubble phase that comes from the excess gas
flow above the minimum fluidization velocity and an emul-
sion phase that is similar to the bed in incipient fluidization
(Lapidus and Amundson, 1977). A number of different ver-
sions of the two-phase model have been proposed. Among
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them, the Kunii—Levenspiel model (Kunii and Levenspiel,
1991) incorporating the Davidson bubble and wake (David-
son et al., 1985) is most widely used. Along with the move-
ment of gas in the fluidized bed, solid particles are dragged
up as clouds or wakes by bubbles and descend by gravity in
the emulsion phase. Fresh particles are fed continuously to
the bed, and are discharged either through an overflow pipe
or by entrainment of gases. Particle size and density may
change in a noncatalytic reaction, and particles of the same
size have different residence time in the bed. The elutriation
rate depends on particle size. All of these must be accounted
for in order to predict and control the behavior of the solids
in a fluidized bed.

There are a number of investigations that report on the
chlorination of titanium-bearing materials in the fluidized bed
(Rhee and Sohn, 1990a, c; Harris et al., 1976). Several mathe-
matical models have been developed to simulate the fluid dy-
namics and reaction phenomena in the bed (Kunii and Lev-
enspiel, 1968; Bukur et al., 1974; Fuwa et al., 1978; Youn and
Park, 1989; Rhee and Sohn, 1990b). Fuwa et al. (1978) intro-
duced the bubble assemblage model to interpret the selective
chlorination of oxidized ilmenite ore in the batch-type flu-
idized bed. Rhee and Sohn (1990b) developed a more de-
tailed model that incorporates the solid mixing. Youn and
Park (1989) developed a model to simulate the chlorination
of rutile with coke in a fluidized bed.

In this work, the bubble assemblage model was used to
describe the bed behavior with several new features. A parti-
cle size-dependent reaction-rate expression, which takes into
account the particle-size distribution of the solid, was incor-
porated to calculate the concentration profile of reactant
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Figure 1. Fluidized bed.

gases in the bed. This rate expression is more realistic than
those previously used (Fuwa et al., 1978; Youn and Park,
1989). The particle-size distribution in the bed was deter-
mined by a population balance. The model assumes that the
solid particles are well mixed throughout the bed, but gas
concentrations vary with the bed height. This makes the model
applicable to industrial application where the concentrations
of reactant gases may change substantially along the bed
height. The experimentally determined intrinsic chlorination
kinetics of rutile particles were used in this work.

Formulation of Model Equations

Figure 1 shows schematically a fluidized bed with the fol-
lowing features:

1. The bed consists of three regions: bubble, cloud, and
emulsion. The gases are exchanged between these regions.
Considering other uncertainties in the fluidized-bed model,
such as the estimation of gas-interchange parameter and
chemical kinetics, the description of the fluidized bed was
simplified by neglecting the mass-transfer resistance between
the bubble and cloud phases and considering the cloud as
part of the bubble phase. The exchange of gaseous species
was accordingly simplified to be between the bubble and the
dense phases, as has been done before (Drinkenburg and
Rieteura, 1972; Bukur et al., 1974; Youn and Park, 1989; Rhee
and Sohn, 1990b).

2. Fresh rutile particles are fed continuously and mixed
with existing particles instantaneously. They react with the
gases while being dragged up by the bubbles and descending
in the emulsion, and leave the bed either by overflow pipe or
by entrainment by the gases.

3. The gas compositions in the bubble and emulsion phases
change with bed height, but the solids are uniformly mixed
throughout the bed.
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4. The horizontal variation of gas concentrations in each
phase can be neglected.

5. The bed is operated under an isothermal condition due
to the rapid mixing in the bed.

Mass balance in the gas phase

The gases flow through the bubble and emulsion phases
while exchanging mass between the phases. The gas-phase
mass balances in these two phases can be expressed as fol-
lows:

dCyy

~ fe.oUs iz = 8K, (Cap = Cy )+ fo (=15 5) (D
dC,,

_fgv‘-’lje dZ = aKbe(CAe‘CAb)+fg,e(_rg,e) (2)

where 6, the fraction of the bed volume occupied by the bub-
bles, is given by (Kunii and Levenspiel, 1991),

Uy—-U, U
2" when U,=-2L
Ub+Umf Emf
5={ v _u u 3)
° ™ when U,=5—2L
Uy €mf

and r; ; is the consumption rate of reactant gas i per unit
volume of the fluidized bed at a particular height in phase j.
Other symbols are defined in the Notation.

The rate expression for the chlorination of rutile was ex-

perimentally determined as follows (Zhou, 1994):

dr
— =~ k(RDPCEPCY]. )

The reaction rate of rutile solid per unit surface area, R,,
has the following relation with the preceding rate expression,

dr
Rb= psz (5)

From the stoichiometry of rutile chlorination reaction,
TiO,(s)+2CO(g) +2Cl,(g) = TiCl(g) +2CO,(g), (6)

the consumption rate of each gas reactant per unit area of
rutile particle surface, R,, has the following relation with Ry,

Ra = 2Rb‘ (7)

Substituting the reaction rate expression,
R,=~2k,p(RT)'¥CLCY. (8)
The gas-phase mass-balance equations, Eqs. 1 and 2, to-
gether with Eq. 8 can be applied to either CO or Cl,. Since
the volume change in the gas phase for reaction 6, especially
in the presence of a carrier gas (nitrogen), is small, its effect

was neglected in this work.
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Mass balance for solid

The following derivation of solid-phase mass balance
largely follows the development of Kunii and Levenspiel
(1968, 1991). The mathematical model developed in this work,
however, considers the separate variations of the gas concen-
trations in the bubble and emulsion phases with bed height.

The particle shrinkage rate in the bubble assemblage model
is defined as

ac.ry=2 ©)
(C,r —Z.

(It is noted that, in the current system, ® is independent of
r, but there are other reaction systems in which it depends on

r)

With the assumption of steady state and perfect mixing of
solid particles in the bed, an overall mass balance of the solid
gives (Kunii and Levenspiel, 1968; Levenspiel et al., 1968)

rate of solid consumption in
Fo—F,— F,= Y. | sizeinterval r to r +dr (10)
all r in the whole bed

and
rate of mass

consumption in
the size interval

Rate of mass
consumption in
the size interval

to r+ dr = rtor+dr
r r .
per unit volume in bubble phase
per unit volume
d
of the be of the bed

rate of mass
consumption in

the size interval
+ rtor+dr . QA

in emulsion phase
per unit volume

of the bed
In the bubble phase,
Rate of mass number of £
ion i articles in the rate o
consumption in p ! volume
the size interval interval
decrease for
rtor+dr =p| rtor+dr o ticl
in bubble phase in bubble phase | | O°C PATCe
) . in bubble
per unit volume per unit volume has
of the bed of the bed phase

ywP (r)dr dV

P13

(12)

In the preceding equations, F, is the feed rate of solids
with a particle-size density function of Py(r); F; is the with-
drawal rate of solids with a particle-size density function of
P(r); F, is the elutriation rate of solids with a particle-size
density function of P,(r); p is the mass density of solid; y, is
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the fraction of the entire solid present in the bubble phase; w
is the solid weight per unit volume of the bed; r is the parti-
cle radius, and V" is the volume of a particle. Replacing dV
by 4mr2dr and substituting the particle shrinkage rate ex-
pression,

Rate of mass consumption
in the size interval
rtor+dr
in bubble phase per

unit volume of the bed (13)

3y wP(r) R(C,,7)
= dr.

r

Similarly, for the emulsion phase,

Rate of mass consumption
in the size interval

3y wP(r) R(C,,r)
rtor+dr = p dr.
in emulsion phase per
unit volume of the bed (14)

Substituting Egs. 13 and 14 into Eq. 11 and integrating along
the bed height,

Rate of mass consumption
in the size interval

rtor+dr
in the whole bed
3wAP(ly, ®R(C,,r)+y, R(C,,r)]
= [/Hf 1Y b ) dz\|dr. (15)
0 r
Substituting Eq. 15 into Eq. 10,
Fy—F,—F,
Hr 3wAP(r)ly, R(C,,r) +y, R(C,,r)]
= f dz idr.
all r| 70 r
16)

The mass balance of solid in the particle-size interval r to
r +dr in terms of rate gives,

Solids solids solids

entering in | — | leaving in | — | leaving in
the feed overflow carryover
solids solids

shrinking into shrinking out
+ the interval | — of the

from a interval to a

larger size smaller size

solid consumption
due to the
- =0. (17
shrinkage within an

the interval
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All terms in Eq. 17 are straightforward, except the fourth
and fifth terms. In time interval A¢, the size increment dr is
determined by the fact that all the particles with the size r +
dr, which have the shrinkage rate of dr/dt, fall into the size
interval r — r + dr within the time interval dt. Thus, the
fourth term has the expression,

dr
dr=;1?-dt= ®R(C,r)-dt. (18)
Therefore, in terms of rate,

Solids shrinking
into the interval
from alarge | =
size r + dr in
dz bed height

solid shrinking

into the interval
from a large size
in dz bed height
in bubble phase

solids shrinking

into the interval

+ | from a large size
in dz bed height
in emulsion phase

=wAdzP(r)y, R(Cy,r)

+wAdzP(r)y, ®R(C,,r). (19)
Substituting Eq. 19 and other terms into Eq. 17,
FyPy(rYdr — F Pi(r)dr — F,P,(r)dr

+ fo HwdP (r)(y, R(C,, 1)+ y, R(C,, r))dzl,ear

- jo waP(r)(y, R(C,. 1)+ y, R(C,,r))dzl,

3wAP,(r)dr

r

[[)Hf(yb R(Cy, 1)+ y, R(C,,r)dz=0. (20)

The elutriation constant is defined as (Kunii and Levenspiel,
199,

F,P,(r)
k(r)= W (21)

and is calculated from the correlation developed by Wen and
Chen (1982). Letting

@(C,r=[ My, R(Cy )+ y, REC,,Pldz (22)

and substituting it together with Eq. 21 into Eq. 20, one ob-
tains

FyPy(r)— FPi(r) — wAH;k(r) P,(r)

dl ®,(C,r)P(r)] B 3wAP,(r) R (C,r)

=0 (23
dr r (23

+ w.
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Single-Size Feed. For a single-size feed of radius r,,, the
particle size will be less than or equal to r,, in the bed. In the
size interval r to r + dr,

dl ®,(C,n]
O—FlPl(r)—wAHfK(r)Pl(r)+wAPl(r)—T—
dP P ®
swd g c,n B0 AR RLC.D) oy

dr r

Rearranging, separating, and integrating from r to r,,, one
obtains

®,(C,r)

Fl
. —+x(r)
—1 (X
Y®(C.r) f

®(C,r)

P(r) r
In =3In—
Pl(rm) rm

dr. (25)

To evaluate P(r,) we take an interval r to r + dr that
includes r,,. For shrinking solids, no large particles shrink
into this interval, so the fourth term in Eq. 20 is zero. Thus,
one has

Fo—0-0+0-wA®R(C,r)P(r,)—-0=0 (26)
or

Pr )= ——T0 @n
m ~w(R,(C,rm)'

Substituting Eq. 27 into Eq. 25 and rearranging the equa-
tion, one obtains the particle size density function in both the
bed (P;(r)) and the elutriation (P,(r)). First,

P =—m [~ 31( ) (28)
nr _wAa,(c,r)(a) s
where
F
g+ H()
I(r,r,) = " d (29
(r,r,)=exp j; X(Rs) r )

and P,(r) is obtained from Eq. 21. The property of P,(r) that

[ P(ndr=1 (30)

all r

gives the overall material balance relating the amount of solid
per unit volume of the bed and the flow rate of mass entering
the bed,

3

A Kr,r,)d 31)
7 ARC, 0l

Now let us evaluate r, ;, the consumption rate of reactant
gas i per unit volume of fluidized-bed in phase j.
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FoPy(7)Ar;— wA R(C,F,, DP(F )

Py(7) = WA RACT) (35)
—wA ®(C, 7, )+ F,Ar, + wAH x (F,)Ar, - ————Ar,
Gas consumed by and P,(7;) must satisfy the condition
solids in size number of amount of gas
rtor+dr particles in size consumed by S P(7)Ar. = 1. (36)
in phase j in rtor+dr one particle that S
unit volume in phase j has the radius r
of the bed Using the materials balance, F, at steady state can be com-
puted from
_ ijPl(r)dr )
=T, Ry n Py(F) ®,(C,7,)
37 Fi+F,—Fy=3w) —f-—-Ar,-. (37N
i=1 i
3ywP(r)R, ;dr 32)
h r ) The particle-size distribution in the elutriation stream can be
evaluated by
Therefore, k() wAH,P,(r,)
Py(r)) = B — (38)
2
gas consumed by rw 3ywP ()R, dr
r; ;= | solid in phase j in =j(; —-]———r—— . (33

unit volume of bed

Equation 33 is combined with the mass balance for gases
as shown in Egs. 1 and 2 to solve for the reactant gas concen-
trations along the fluidized-bed height.

Feed of Wide Size Distribution. Levenspiel et al. (1968) de-
rived a general equation for the solid balance based upon
continuous particle-size distributions. Substituting the dis-
crete increments of solid particles into their equation and
simply changing the integral into the summation may lead to
very large errors because of possible numerical inaccuracies
in the required calculations. In this case, Kunii and Leven-
spiel (1991) suggested using the numerical procedure recom-
mended by Overturf and Kayihan (1979), which was applied
in the following derivation.

Discretizing the basic differential form of materials bal-
ance, Eq. 23 can be rewritten as

wA[ & (C,P) PP, — ®(C,F)P(F):]
= | FyPy(#) — F, P(7) — wAH k(7)) P(7,)

3wAP(7) ®R,(C,7)

T

Ar,. (34)

Solving for P(7,), we get

AUO(CA,in - CA,out)(_ AHr) + EpsFO(Ts,in - T;ef) + Ep

Equations 34 through 38 are combined with the mass bal-
ance for the gas, Eqs. 1 and 2, to obtain the particle-size
distribution and gas concentrations in the bed for a wide size
feed.

Heat balance

It is assumed that the temperature is uniform (7, =T))
throughout the bed because of the rapid gas—solid heat
transfer and solid mixing, and there is no heat accumulation.
The heat balance can then be expressed as

Heat heat heat heat
generated | = | gained | 4+ | gained | + | transferred
by reaction by gas by solid to wall
(39)

In mathematical symbols,

AUO(CA,in - CA,out)(_ AIir) = Eps(Fl + FZ)(T; - Tref)

- épsFO(T:,in - Tref) + -C-pg,outGout(Ts - Tref)

-C

pg,inGin(Tg,in - Tref) + thw(Ts - Tw)' (40)

Solving these two equations, we have

Gin(Tg,in

g, in

- Tref) + thw(Tw - T;'ef)

s~ tref
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For a steady-state operation, the operating temperature can
be calculated from Eq. 41 using the known values of entering
stream temperature and flow rate.

Method of Solution

The flow diagram for solving above equations is shown in
Figure 2. There are two iteration loops in the diagram; the
first is for the solid and gas balances, Eqs. 10 through 13, or
Egs. 34 to 38, and Eqgs. 1 and 2, and the second is for the
heat balance, Eq. 41. Unless otherwise indicated, all the
model parameters were calculated based on the operating
conditions using relationships given in references listed in
Table 1.

To start the calculation, the initial values of the reaction
temperature, CO and Cl, concentrations, and the particle-
size distribution in the bed are assumed. For a given feed
rate F; and to maintain the steady state, the withdrawal rate
F, is calculated from Eqgs. 29 through 31 for a single-size feed
and from Eqgs. 37 and 38 for a feed with a wide size distribu-
tion. The elutriation rate F, is evaluated from Egs. 16 and

-

) 4
Assume Tand C Aj

le
¢

Calculate all Coefficients

Y
Solve Equations for Solid

v

Solve Equations for Gases

Check
Convergence
of CAj andr

Yes

Solve Energy Eqations

Check
Convergence

of T

No

Figure 2. Flowsheet of the computer program.
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Table 1. Parameter Values and Sourcs of Calculation

Methods*
Parameter Reference

Cp Pankratz et al. (1984)

fij Rhee and Sohn (1990b)

h, Kunii and Levenspiel (1991, Chap. 9)

H; Kunii and Levenspiel (1991, Chap. 3)

k, 2.39%x10™* exp(—21050/T) (Zhou, 1993)
Ups Kunii and Levenspiel (1991, Chap. 3)
«(r) Wen and Chen (1982)

*Specific gravity of TiO, = 4.26; atmospheric pressure = 86.1 kPa (Salt
Lake City); €,,; = 0.4 (Kunii and Levenspiel (1991, Chap. 3).

37, respectively. The particle-size distribution in the bed and
in the elutriation is calculated using Eqs. 28 and 21 for a
single-size feed and Eqgs. 37 and 40 for a feed with a wide
size distribution. Using the particle-size distribution in the
bed thus obtained, the consumption rate of reactant gases in
unit volume of the bed in either the bubble or emulsion phase
is calculated by Eq. 33. Equations 1 and 2 are solved to ob-
tain the reactant gas compositions along the bed height using
the fourth-order Runge-Kutta method with adaptive step-size
control (Press et al., 1987). Iterations are continued until the
predetermined convergence criterion is met. The reaction
temperature is obtained by solving Eqs. 43 and 44. This cal-
culation process continues until the difference between the
assumed and calculated temperature becomes smalier than a
predetermined value.

Experimental Studies

Natural rutile used in the experiment was provided by the
Du Pont company. It contained 94.4% TiO,. The chlorina-
tion of rutile was carried out in a fluidized-bed reactor that
consisted of a gas inlet system, a quartz reactor, and a prod-
uct gas cooling system. A diagram of the experimental appa-
ratus is shown in Figure 3. The fluidized-bed reactor con-
sisted of a 2.5-cm-diameter and 95-cm-length quartz tube that
had an expansion zone at the upper part to reduce the carry-
over to reactant particles. A coarse fritted disc was used as a
bed supporter and a gas distributor. The reactor was exter-
nally heated in a silicon-carbide furnace. The temperature of
the bed was measured by a thermocouple immersed in the
bed. The product gases were cooled while they passed through
a water-cooled condenser and bubbled through two vessels
containing 10% sodium hydroxide solution. The unabsorbed
chlorine was removed in an additional caustic spray tower.

The experimental procedure was to preheat the reactor to
the desired temperature, flow nitrogen for 5 min to remove
the oxygen in the system, place the preweighed materials
while a flow of nitrogen was maintained at 900 cm®/min at
25°C and 86.1 kPa (the atmospheric pressure at Salt Lake
City). When the temperature was stabilized, the reactant gases
were introduced. At the end of each experiment, the reactor
was purged with nitrogen while cooling, and the quartz reac-
tor was taken out and cooled to room temperature. The re-
maining sample was subjected to chemical analysis.

Results and Discussions

It is difficult to establish a steady-state chlorination condi-
tion in a laboratory, mainly because of the small equipment

November 1996 Vol. 42, Ne. 11 3107
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Figure 3. Diagram of experimental apparatus.

1. Gas cylinders; 2. rotameter; 3. multimeter; 4. furnace; 5. solid reactant; 6. gas distributor; 7. temperature controller; 8. cooling tube; 9.
NaOH scrubber; 10. NaOH quench tower; 11. reservoir; 12. pump.

size and solid feed rate. To verify the mathematical model,
batch experiments were carried out using a deep bed across
which significant changes in gas concentrations occurred.
Since the gas-phase dynamics are much faster than changes
in the solid particles, the steady-state model was applied to
each time increment, yielding the solid-particle-size distribu-
tion and the amount of solids remaining in the bed at various
time increments. This is equivalent to the familiar pseudo-
steady-state approximation applied to the analysis of
gas—solid reactions (Szekely et al., 1976).

The most important variables affecting the performance of
the bed and the reaction rate are superficial gas velocity and
the exchange rate of gases between phases. In general, both
chemical and hydrodynamic factors should be considered in
elucidating the reactor performance (Chavarice and Grace,
1975; Fryer and Potter, 1975; Grace, 1974). The mathemati-
cal model was tested by comparing the computed results with
the results of experiments under carefully selected conditions
in which both the chlorination kinetics and mass-transfer ef-
fects play a significant role. This way, generally valid verifica-
tion of the model can be obtained.

According to Macllvried and Massoth (1973), the effect of
particle-size distribution on the overall conversion rate of
solid can be represented by using the rate of conversion of
the mass-average-size particle. Therefore, with the known
feed particle-size distribution, the amount of reactant gases
consumed in a certain time interval can be calculated based
on this average rate, which in turn gives the amount of solid
reacted. Thus, the decrease in particle size and the new par-
ticle-size distribution in the bed can be calculated based on
the fact that particles shrink at a constant linear rate under
the same reactant gas concentrations.

A number of parameters must be known to obtain numeri-
cal results. Parameter values and the sources of calculation
methods for other parameters are listed in Table 1.
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The predictions based on the model and the experimental
results for various combinations of reacting gases for differ-
ent particle-size distributions are compared in Figures 4 and
5. The experimentally controlled wall temperature in these
experiments was 1,050°C. Because of the rapid solid mixing
in the fluidized bed and the relatively slow chlorination reac-
tion, the calculated gas and solid temperature were within
20°C of T,,. Thus, the system can be considered essentially
isothermal. The previously formulated model is seen to be in

1.0 T T T T T

Tw= 1050 0C
%8 OrecCharged:100g I
Particle Size : 106 -150 um
Veo/Ve, Vi (cm®/min)

300/600/0

— ~— 300/300/300
‘ """" 300/100/500
at 250C, 86.1 kPa

Conversion

] 20 40 60 80 100 120
Time (min)

Figure 4. Experimental data vs. model prediction for a
single-size feed.
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1.0 y T T T T

Tw= 1050 °C

Ore Charged : 100 g

Particle Size : 38-150 um D

08 Veo/ Ve,V (em®/min) ]

8 300/600/0
—— 300/300/300

® - 300/100/500
0.6 | at 25°C, 86.1kPa Ef

Conversion

02} e .
..

0.0 = . L S 4 L

Time (min)

Figure 5. Experimental data vs. model prediction for a
feed with a wide size distribution (feed parti-
cle-size distribution can be found in Figure
10).

good agreement with the experimental data in terms of over-
all conversion vs. time.

Figure 6 shows the concentration profiles for CO and Cl,
along the bed height in the two phases. When the inlet gas
contains an equimolar mixture of CO and Cl,, the concentra-

1-c’ L} T T T

0.9k bubble phase .

0.8

0.7

0.6
£ emulsion phase
Q os}
£
o — Cco
04} —— Clp b
0.3 1
T,y= 10500C
o2} V¥ 1

Feed Particle Size : 106 - 150 um
01} Vo= Veu= V)= 300 cm3/min at 25 °C, 86.1 kPa .

o. L 1 1 I
0.0 0.2 0.4 0.6 0.8 1.0

h/H

Figure 6. Calculated CO and Cl, concentrations along
a bed height in the two phases.
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tions in the bubble phase are almost identical, but they are
slightly different in emulsion phase, where most of the reac-
tion takes place, due to their different diffusivities. The sub-
stantial changes in the gas concentrations along the bed height
indicate that mass transfer plays an important role under the
simulation conditions.

Effect of superficial gas velocity

Figure 7 shows, for a single-size feed, the concentration
profiles of carbon monoxide gas in the bubble and emulsion
phases along the bed height for various gas flow rates. Gen-
erally, the concentration in each phase increases with in-
creasing flow rate. Gas velocities in the bubble and emulsion
phases (U, and U,) increase with increasing linear velocity
(Uy). The gas exchange coefficient (K,,) between the two
phases increases with increasing gas velocity in the bubble
phase and decreases due to the increase in the bubble size,
At the bottom part of the bed, the gas exchange coefficient is
more strongly affected by gas velocity in the bubble due to
the limited bubble size. The effect of superficial gas velocity
on particle-size density function in the bed and the elutria-
tion is shown in Figure 8. Superficial gas velocity does not
have much influence on the particle-size distribution in the
bed, but it does affect the density function in the elutriation.
From Wen and Chen’s (1982) correlation, the elutriation con-
stant and the terminal velocity in the bed increase with in-
creasing linear gas velocity, thus increasing the sizes of the
particles in the elutriation.

Concentration profiles along the bed height for various su-
perficial gas velocities for a feed with a wide size distribution
(Figure 10) show a similar trend, as illustrated in Figure 9.
The differences of reactant gas concentrations between two
phases decrease with an increasing superficial gas velocity.

1 -o T ¥ T L]
0.9
0.8
0.7
0.6
< emulsion
[8)
\: 0-5
O
04F —— 1500 cm®min :
------ 1200 cm¥/min
03f —— 9800 cm¥min 1
at 25°C, 86.1kPa
021 1 -10s0°C 1
01} Veo=Ve,=Vy, 1
Feed Particle Size: 106 - 150 um
o‘o L 1 S o
0.0 0.2 0.4 0.6 0.8 1.0

h/Hg¢

Figure 7. Calculated CO concentration along the bed
height for single-size feed for various flow
rates of the inlet gas.
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Figure 8. Particle-size density function in the bed and
elutriation for single-size feed for various flow
rates of steady state and no solid withdrawal
except by elutriation.

This effect is more prominent in the case of a wide-size feed
than for a single-size feed.

Figure 10 shows the particle-size density function in both
the bed and the elutriation under various superficial gas ve-
locities for a feed with a wide size distribution. As in the
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Figure 9. Calculated CO concentrations along the bed
height for various gas flow rates for a feed of
wide size distribution.
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Figure 10. Particle-size density function in the bed and
elutriation for a feed of wide size distribu-
tion.

single-size feed case, the particle-size density function does
not change with superficial gas velocity, but the particle size
in the elutriation increases with an increasing superficial gas
velocity, as expected.

Effect of gas exchange coefficient

Gas exchange rate is a very important factor for the design
and scale-up of a fluidized bed reactor. Its value must be
evaluated by carefully considering the fluidization mode.
Several different correlations have been proposed for this in-
terchange coefficient (Chiba and Kobayashi, 1972; Drinken-
burg and Rieteura, 1972). In this work, the correlation by
Kunii and Levenspiel (1991) was used. Figure 11 shows the
concentration profiles with different gas interchange coeffi-
cients. The reactant-gas concentration increases substantially
in the emulsion phase and decreases in the bubble phase with
increasing gas interchange coefficient. This effect indicates
the importance of the gas interchange process and the need
for a reliable method for the estimation of the exchange coef-
ficient.

Effect of reaction-rate constant

Figure 12 shows the changes of CO concentration profiles
with different reaction-rate constants. According to this fig-
ure, the CO concentration in each phase decreases with in-
creasing reaction-rate constant, while the difference in CO
concentration between the two phases increases with increas-
ing reaction-rate constant.

This effect indicates the important role played by chemical
kinetics, in addition to the mass-transfer processes, under the
simulated conditions. Thus, it can be stated that the mathe-
matical model verification shown in Figures 4 and 5 is valid

AIChE Journal
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Figure 11. Calculated CO concentration profiles along
the bed height for various gas interchange
coefficients.

in general for different relative importance of chemical kinet-
ics and mass-transfer effects.

Conclusions

Based on the two-phase model of a fluidized bed and the
population balance of solid particles, a steady-state model was
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Figure 12. Calculated CO concentration profiles along
the bed height for various chemical-reac-
tion-rate constants.
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formulated to describe the overall chlorination rate, the con-
centration profiles of reactant gases along the bed height, the
particle-size density function in the bed, and the elutriation
rate of fine particles for the fluidized-bed chlorination proc-
ess. The steady-state model was applied to the batch flu-
idized-bed chlorination by applying the pseudo-steady-state
approximation. Computed results thus obtained agree well
with the experimental results obtained in a deep fluidized
bed for both a uniformly sized feed and a feed with a wide
size distribution. The effects of superficial gas velocity, gas
exchange coefficient between the bubble and emulsion
phases, and reaction-rate constant on the performance of the
bed were evaluated. This evaluation confirmed that the model
was verified in the general case where both chemical kinetics
and mass transfer are important. It further indicated the im-
portance of correctly estimating the coefficient of gas ex-
change between the bubble and emulsion phases, in addition
to the need for reliable kinetics information.
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Notation

a = specific surface area (particle surface area/volume of
bed), m~!
A = cross-sectional area of the bed, m®
A, = wall area of the containing vessel, m?
C 4,10 C4,out = concentration of reactant gas in the inlet and outlet
streams, respectively, mol-m™3
C,4;= concentration of reactant gas A in phase j, mol-m ™3
C,¢.in = Mean heat capacity of inlet gas, J-kg™'-K™!
C,g,out = Mean heat capacity of outlet gas, J-kg™'- K™
C,s = heat capacity of solid, J-kg~"-K™*
d, = bubble diameter as a function of bed height, m
d, = particle diameter, m
D, = bed diameter, m
[, j= fraction of the bed volume occupied by i in phase j
G, = mass rate of inlet gas, kg-s™!
G, = mass rate of outlet gas that can be calculated from the
conversion and stoichiometric equation, kg+s™!
h,, = heat-transfer coefficient between the bed and wall, J-
m~2.571.K!
H,= fluidized-bed height, m
(- AH,5= heat of reaction, J/mol of CO or Cl
k,= reaction-rate constant, m-s~!-kPa~12°
R = universal gas constant, 83.1 m>-kPa-mol~!-K~!
T,.s= reference temperature or assumed temperature, K
T,,= wall temperature, K
W= bed weight, kg
y, = fraction of entire solid present in the emulsion phase,
Ye=1=y,
z=vertical distance from the bottom of the bed, m

out

Greek letters

a= volumetric ratio of wake to bubble
€, /= voidage at the minimum fluidization
K(r§= elutriation constant, s~!

p, = true molar density of the solid, mol+m™3
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Subscripts

A=COor Cl,
b= bubble phase
e=emulsion phase

mf= minimum fluidization
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